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SCOPE

Down-flow evaporation can result in very effective
heat transfer due to gravity thinning of the liquid film.
The heat transfer and pressure drop characteristics
must be predicted accurately during the design stage
of a heat exchanger to properly determine the thermal
driving force and size of the heat exchanger. An objec-
tive of this paper is to present experimental pressure
drop and heat transfer coefficient data over a reason-

able range of mass flux and a large range of vapor qual-
ity and heat flux. These data will illustrate whether
down-flow shell-side boiling exhibits the same charac-
teristics exhibited by tube-side boiling. An additional
objective is to develop a mechanistic correlation for
the heat transfer coefficient. This correlation will be
useful in the design of process heat exchangers with
shell-side evaporation.

CONCLUSIONS AND SIGNIFICANCE

One hundred sets of R-11 two-phase pressure drop
and heat transfer data are reported for down-flow,
shell-side forced convective boiling. The experimental
apparatus and methods to account for angular varia-
tions in the heat transfer coefficient are described.

The Diehl (1957) correlation for two-phase pressure
drop successfully predicts the variation in pressure
drop with quality. The heat transfer results indicate
that:

1. For low values of wall superheat, AT, the heat
transfer coefficient is insensitive to wall superheat. In
this range of wall superheats, the heat transfer ap-
pears to be controlied by the convective boiling mecha-
nism.

2. In the convective-dominated region, the heat
transfer coefficient is insensitive to mass flux.

3. In the convective-dominated region, for constant
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values of liquid mass flux, increasing the vapor flux sig-
nificantly increases the heat transfer coefficients.

4. At higher values of wall superheat, the forced
convective boiling heat transfer coefficients approach
the pool boiling heat transfer coefficients.

5. The additional heat transfer attributable to nu-
cleate boiling is suppressed at higher values of mass
flux.

With the exception of point 2, these trends are simi-
lar to those seen for tube-side flow. Since tube-side
flow is successfully correlated by additive approaches
such as that of Chen (1966), a heat transfer correlation
using additive mechanisms was developed from these
data.

The Bays and McAdams (1937) correlation for vis-
cous flow over tubes is used as a basis for the convec-
tive heat transfer coefficient. Analysis shows that the
magnitude of the observed increase in the convective
coefficient resulting from an increase in vapor flux can-
not be explained by shear thinning of the liquid film. The
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observed increase is attributed to entrainment, and a
correlation is developed that predicts the apparent en-
frainment vs. a parameter similar to that proposed by
Wallis (1968). The method proposed by Bennett et al.
(1980) is used successfully to predict the nucleate boil-
ing contribution to the overall heat transfer coefficient.

The correlation for the heat transfer coefficient, ac-
counting for both the nucleate and convective mecha-
nisms, collapses the heat transfer data to give a mean
error of 9.5% and an average error of 0.5%. The corre-
lation is expected to be reasonable for upward vapor
flow in addition to downward vapor flow.

Experimental

R-11 (Freon 11, CCL;F) was selected as the test fluid since
its normal boiling point is near ambient temperatures. The ratio
of several liquid properties to the properties of ambient tempera-
ture water are, p;:1.48, u;:0.47, k;:0.17. The vapor density of
R-11 at normal boiling point is 5.84 kg/m’.

Figure 1 is a schematic flowsheet of the R-11 test loop. An
electrically heated reboiler supplies vapor to the test section, and
liquid is pumped to the test section from the bottom of the
reboiler. Vapor and liquid flow rates are measured with an
Annubar flowmeter and rotameter, respectively. The vapor
quality based on flowmeter readings is corrected for possible
subcooling or superheating of either feed relative to the equilib-
rium mixed temperature in the test section. This correction to
the vapor quality is derived from an enthalpy balance on the test
section and is always small. The two-phase R-11 stream flows
downward through the test section and into a separator vessel.
The vapor phase is then condensed and returned to the separa-
tor. The pressure level in the test loop is slightly above ambient
pressure and is controlled automatically by regulating the fiow
rate of cooling water to the condenser. Liquid R-11 is then recir-
culated from the separator vessel to the reboiler.

Figure 2 illustrates the test section. The test section was con-
structed primarily of brass and copper and had a clear polycar-
bonate front face plate (1) for viewing. The tube bundle (2) was
made from 9.52 mm OD aluminum bars (3) and comprised
cight tube rows and three tube layers, with half-bars (4) on the
walls in an in-line square-pitch arrangement. The internal
dimensions of the test section are 127 mm wide by 380 mm high.
The ratio of tube pitch to tube diameter is 1.24.

The vapor entering the test section is distributed by a sintered
metal plate. Liquid enters through a concentric double-tube dis-
tributor (5) and is directed vertically upward into the oncoming
vapor. The outer tube (9.52 mm OD) and inner tube (6.35 mm
OD) of this distributor both have 18 equally spaced holes,
respectively 1.15 and 1.00 mm in diameter. The first five rows of
the tube bundle serve as a two-phase distributor to further
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Figure 1. Two-phase R-11 sheli-side heat transfer loop.
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ensure representative flow distribution at the sixth tube row,
where heat transfer measurements are made.

The instrumented test element (6) in the sixth tube row is
inserted through ports in the side of the test section. This single
active element can be rotated to various angular positions so that
the wall temperature can be averaged at many points around its
periphery. To test whether the single heated tube is sufficient to
obtain heat transfer coeflicients representative of those seen in a
heated tube bundle, additional tests were carried out. With rep-
resentative two-phase flow conditions, two additional tube rows
were heated (at the same heat flux) immediately upstream of
the test element. Under these conditions, the heat transfer coef-
ficient was reevaluated and found to be between 2 and 4% less
than observed when only the single tube was heated. Therefore,
the heat transfer coefficients in an actual heat exchanger are
expected to be lower than the data reported here by no more
than this amount.

The active test element was 102 mm long and was machined
from aluminum bar stock. A hole was drilled the full length of
the test element to accommodate a cartridge heater made by
wrapping nichrome wire around an alumina mandrel. The uni-
form windings were covered with a ceramic cement, and the
small void space between the cartridge heater and the inside of
the test element was filled with a heat transfer compound. A
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Figure 2. Test section.
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short (6.35 mm) length of Teflon bar of the same diameter as
the test element was attached to each end of the heated test ele-
ment for support and therma! insulation. End heat losses were
evaluated analytically and found to be insignificant.

The generally small temperature differences typical of effi-
cient evaporation processes place special emphasis on the accu-
racy of the temperature measurements required to determine
the heat transfer coefficients. An opposed thermopile circuit was
used to measure directly the temperature difference between a
known point within the wall of the test element and the bulk
fluid. One of the two thermopiles was located within a small hole
51 mm deep drilled longitudinally in the wall of the heated test
element; the other thermopile was embedded within the un-
heated half-bar on the back wall of the test section, immediately
adjacent to the test element. This latter thermopile sensed the
bulk fluid temperature. The average temperature at the test ele-
ment thermopile was determined by taking readings of the
opposed thermopile circuit output at as many as 13 different
angular positions around the periphery of the test element. The
resulting average interior wall temperature at the thermopile
hole radius was then corrected, assuming one-dimensional, ra-
dial conduction, to give the average surface temperature. The
exact radial position of the wall thermopile hole was determined
by sectioning the test element at the bottom of the hole after the
heat transfer tests were completed. A more detailed two-dimen-
sional least-squares analysis which used the local wall tempera-
ture measurements and an assumed quartic polynomial distribu-
tion for the surface temperature gave average heat transfer
coefficients that were within 0.1% of those calculated from the
simple one-dimensional analysis.

The individual type K thermocouples in the thermopiles were
stainless steel-sheathed (0.254 mm OD) with ungrounded junc-
tions and were made from a single lot of wire. Five thermocou-
ples were used in each thermopile to amplify the circuit output
to improve accuracy. Each of the reference junctions of the ther-
mocouples was sealed in a glass tube filled with mineral oil.
These glass tubes were then placed in holes drilled in a large
block of brass and immersed in a constant-temperature bath.
The temperature of this bath is immaterial to the measure-
ment.

The electric signal from the opposed thermopile circuit must
first be corrected by subtracting the zero-offset reading ob-
tained with no power supplied to the test element cartridge heat-
er. This correction was generally very small. Dividing the result-
ing EMF by the number of thermocouples in each thermopile
and by the thermoelectric power (e.g., mv/°C) of the thermo-
couple pair used gives the temperature difference between the
thermopiles. The thermoelectric power is evaluated iteratively
at the average temperature of the two thermopiles, using stan-
dard thermocouple data. Special tests using various known tem-
perature differences gave accuracies of 0.2% or better for this
technique. R-11 vapor heat transfer coefficients measured using
this technique were within a few percent of the Grimison (1937)
correlation for single-phase heat transfer.

Pressure taps before and after the tube bundle were used to
measure the tube bundle pressure drop. Lines from these taps
were led upward to | L surge vessels in a heated water bath. The
surge vessels provided a capacitance in the pressure tap lines,
which was effective in damping the fluctuating pressures typical
of two-phase flow. The heated water baths prevented condensa-
tion of R-11 in the surge vessels. The pressure difference
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between the surge vessels was then measured using a differential
pressure transducer.

Results

Tests were carried out at four values of the total mass flux,
approximately 102,000, 193,000, 284,000, and 377,000 kg/h -
m?, and at qualities at the instrumented tube of approximately 0,
25, 50, 70, and 90% vapor. For all data, the test section pressure
ranged from 1.0 to 1.07 atm, with over 50% of the runs ranging
from 1.03 to 1.05 atm. At each flow condition, measurements
were made at five values of heat flux. For the entire set of data,
the heat flux varied between 2,000 and 94,000 W /m?, resulting
in a wall superheat range from 1.3 to 13°C. This range was
selected to allow measurements in both the convective-domi-
nated boiling regime and under conditions where nucleate boil-
ing contributes significantly to the overall heat transfer. The
resulting heat transfer coefficients ranged from 1,300 to 7,300
w/m?. C.

In Figure 3, the experimental two-phase pressure drop is plot-
ted vs. quality for the tested range of mass flux. No variation in
the pressure drop was observed as the wall superheat was
changed. Furthermore, the pressure drop at zero vapor flow was
measured and found to be negligible at all liquid rates. The pres-
sure drop was also measured under all vapor flow conditions. An
empirical fit of these data is,

pyVvr
APyr=4fyr =5 (1a)
&
where
fvr=0.72 Revt™. (1b)

The two-phase data indicate that at a given quality, the pressure
drop per tube row is approximately proportional to the mass flux
squared.

In Figure 4, the experimental heat transfer coefficients are
plotted vs. wall superheat (AT,) for the ranges of mass fluxes
and qualities tested. For reference, the experimentally evaluated
pool boiling curve (the thicker curve) is also given. This curve
was obtained by flooding the test chamber with R-11. The fol-
lowing general trends are seen:

1. Many of the data exhibit a classical convective-dominated
boiling region. This region occurs for these test conditions at a
wall superheat less than about 7°C.
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Figure 3. Pressure drop/tube vs. quality.
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Figure 4C. h,, vs. wall superheat AT,.

2. In the convective-dominated boiling region, the data taken
at qualities of 85% and greater exhibit a gradual decrease in
heat transfer coefficient as A7, increases. Since this is an unex-
pected result, data in this region were rechecked and analyzed
for any possible systematic errors. The authors are convinced
that this phenomenon is rcal for this geometry. At higher wall
superheat, the coefficient increases as nucleate boiling becomes
more significant.

3. In the convective-dominated boiling region, the heat trans-
fer coefficient is not sensitive to total mass flux at low values of
vapor flux.

4. At test conditions with constant values of liquid mass flux
[G(1 — x)], an increase in vapor flux significantly increases the
heat transfer coefficients.

5. The pool boiling heat transfer cocfficient increases sharply
with increasing superheat.

6. The forced convective boiling data with supcrheat greater
than about 8°C tend to approach the pool boiling curve and
exhibit a dependency on AT similar to the pool boiling curve.

7. At high values of mass flux, the nucleate boiling contribu-
tion to the overall coefficient appears to be less than the contri-
bution at lower values of mass flux, for equal values of AT,

Correlation Development
Pressure drop per tube

For down-flow, thin-film boiling on tube banks, the continu-
ous phase is the vapor phase. Therefore, it is reasonable to nor-
malize the two-phase pressurc drop by a pressure drop for vapor
flow. Typically, either the pressure drop calculated using the
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Figure 4B. h,, vs. wall superheat AT,.
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Figure 4D. h,, vs. wall superheat AT,.

entire flow as vapor (AP,;) or the vapor-only pressure drop
(APyemy) would be selected. Diehl (1957) chose to normalize the
two-phase pressure drop by the pressure drop calculated using
the entire How as vapor (APyy).

These experimental data are normalized by APy, which is
calculated from Eqs. l1a and 1b. In Figure S, the ratios are plot-
ted vs. the Diehl parameter, (1 — as)/[(py/p)ReS3]. Also
plotted is the curve recommended by Dichl. Agreement is rea-
sonable, and if the curve recommended by Diehl is used in con-
junction with the empirically derived cxpression for APy, the
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Figure 5. Normalized two-phase pressure drop per tube
vs. Diehl parameter.
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two-phase pressure drop data are correlated to within an aver-
age error of +9% and a mean error of 15%. (Average error -
= % error/number of data points. Mean error = = |% error|/
number of data points.) This success is consistent with the con-
clusions made by Ishihara et al. (1980).

Heat transfer coefficient

As described earlier, the heat transfer coefficients reported in
Figure 4 show many of the classic phenomena exhibited by two-
phase tube-side flow data. Major examples are a convectively
dominated region, and a nucleate-dominated region that exhib-
its suppression of the nucleate mechanism at higher values of
mass flux. Based on the success of additive heat transfer mecha-
nism correlations for tube-side flow to account for these phe-
nomena, the following correlation format is assumed for thin-
film shell-side boiling: Ay, = Aepm + Anue, Where hy,, is the
convective-dominated boiling heat transfer coefficient and Ayyc
is the contribution resulting from nucleate boiling. The correla-
tion for A, is developed from a liquid-only coefficient, 4,, and a
multiplier that accounts for the increase in the heat transfer
coefficient with increasing vapor flux.

For single-phase flow over a tube bank, Bays and McAdams
(1937) recommended a correlation for h, which, using the defi-
nition for G, can be modified to the following:

2 443 5213 1/3 1/4 1/9
h— G, (Zk,_pL g 1/3C”) / (&) / [20(1 - x) S,,] / @
*Dyrp/ Fo By

Bays and McAdams recommended that C, equal 0.672. The last
group in brackets is identical to the liquid-only Reynolds num-
ber, 4 '/, . For this set of data, 4 "/, ranges from 40 to 1,000,
which is well below the limit of 2,100 recommended by Bays and
McAdams. Equation 2 predicts a very weak dependency of A, on
mass flux, G. Figure 4 shows that the zero quality data taken for
this study demonstrate a very weak dependency on mass flux.
This is consistent with the Bays and McAdams correlation.
Based on data analysis discussed later, a value of 0.886 for C,
will be recommended.

Equation 2 also predicts a very weak dependency on quality.
However, as seen in Figure 4, at test conditions with equal val-
ues of liquid mass flux, the heat transfer coefficient in the con-
vective-dominant boiling region is a strong function of the quali-
ty. At constant mass flux, increasing the quality decreases the
liquid-only Reynolds number, 4 T'/u,. Therefore, it is unlikely
that the enhancement is due to an increase in the turbulence in
the liquid film. Since the heat transfer resistance is across the
liquid film, and the film is probably laminar, a possible mecha-
nism for decreasing the resistance is a thinning of the liquid film.
Film thinning can result as vapor flux increases by shear thin-
ning of the film and/or entrainment of the liquid into the vapor
core.

If we assume laminar flow in the film, and use a force balance
that includes forces due to wall shear stress, gravity, and interfa-
cial shear stress, the influence of vapor shear on the film thick-
ness can be estimated for an assumed value of interfacial shear
stress. Even if we use the maximum possible interfacial shear
stress corresponding to the entire two-phase pressure drop gra-
dient, the film thickness is calculated to thin by less than 10%
for all test conditions. Therefore, if the film is assumed to be
laminar, shear thinning should not significantly increase the
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convective portion of the total heat transfer coefficient. How-
ever, if we compare the convective-dominated 0.50 quality,
377,000 kg/h - m? mass flux heat transfer coefficients to those
of the zero quality data at 193,000 kg/h - m?, a factor of about
three exists between the coefficients despite comparable liquid
fluxes.

A possible mechanism to explain the increase in the heat
transfer coefficient as the vapor flux increases is entrainment of
a portion of the liquid film into the vapor. If we assume that the
temperature profile in the film approaches a fully developed
linear profile, the following relationship would be expected,

6conv hg
)

3)

i3 hconv

Although this assumption is not strictly correct due to the ther-
mal entry length near the top of each tube, it will be made to
simplify the following analysis.

For fully developed laminar flow in a film, the thickness of the
film is proportional to the liquid mass flow raised to the A pow-
er. Using this plus Eq. 3 gives,

T (1 g0 (42)
4
or,
3
=1 - (hh‘ ) (4b)

where ¢ is the apparent mass fraction of liquid entrained in the
vapor.

Our intention is to use Eq. 4 to determine from the experi-
mental data values for e. Wallis (1968) has proposed that e is a
function of a parameter, 7, where,

V 1/2
T = Vmax Ko _p_V (Sd)
[ p:1: Pr

If we assume that the two-phase pressure drop obeys

V%/max
APy = Kyp, g

where K, is a two-phase velocity head loss cocfficient, then an
alternate expression to Eq. 5a is

AP 1/2
-2 & (5b)
8Pt o

Since 7, would vary as a function of tube layout, =, may be more
appropriate than , for shell-side two-phase flow.

Figures 6A and 6B give plots of the apparent values for ¢,
determined from Eq. 4b, vs. m, and w,. Only data that were dom-
inated by the convective heat transfer mechanism were used to
generate these plots. C; was given a value of 0.886 for this
regression. The curve fits obtained are,

e=1—exp(0.23 — 10,200 7,)
e=1 —exp (0.26 — 24,000 ;)
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Figure 6B. Apparent entrainment vs. r,.

(For values of 7, or 7, that result in ¢ being less than zero, ¢
should be set equal to zero.)

Figure 6A also gives the Wallis curve for tube-side flow. The
apparent entrainment is significantly greater at a given value of
Vymax than that which would be expected for tube-side flow.
However, this trend is reasonable since at comparable values of
Vymax the pressure drop across a tube row is substantially greater
than the pressure drop in a tube with a length equal to the tube
diameter. Even though this trend is reasonable, it must be recog-
nized that e may not represent the actual entrainment. The use
of an apparent entrainment simply allows us to identify a rea-
sonable correlation parameter, i.e., 7,. Test data for another sys-
tem would allow a test of the adequacy of this grouping.

Correlation for Euuc

The method proposed by Bennett et al. (1980) was used to
predict the contribution to the heat transfer resulting from
nucleate boiling. Their method accounts for the suppression of
nucleate boiling by convective flow. The approach has the fol-
lowing three steps:

1. Identify the pool boiling correlation most valid for the
fluid, tube material, pressure, and wall superheat range de-
sired.

2. Reformulate the pool boiling correlation so that the pool
boiling coefficient can be directly related to the wall superheat,
AT,, and physical properties.

3. To account for the influence of convective flow, substitute
SAT, for AT,.

The expression for S is based on an analytical development
that includes calculation of the average superheat. This proce-
dure accounts for the temperature variation in the liquid near
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the heated wall, over a growth region X,. Their expression is

S _ _ _ conv o
hcoano (1 exp kL )
where
1/2
X, - 0041 — 87
g(p. — pv)

For this study, the correlation of Borishanskiy et al. (1963) for
pool boiling is selected as the basis for the nucleate boiling con-
tribution. Their correlation is,

Nug = 8.7 x 1074 Pe*’ K}
where

h, 0 172
Nug = i [——5——)
ky Lg(pL — pv)

43 EPB AT, ( 80 )'/2 1 Cpr
e = —
g

Py Mthg (oL — bv) Ky
P
Kp=_
[ga(pL — »ov)]'/2
&

Pool boiling data reported by Kadi (1975) and Chou (1975)
used this correlation but recommended that Pe be raised to the
approximately 0.8 power instead of 0.7. The format of the pool
boiling correlation assumed for this shell-side study is:
Nuyye = C,PexK}", where Nuyc is identical to Nug except
that hyyc replaced hpy. Furthermore, C, replaces 8.7 x 107* to
account for differences in the surface roughness of the heated
tube and to account for circumferential variations in the tube
wall temperature. Pes replaces Pe as recommended by Bennett
et al. (1980), where Pey is defined by,

P [ ENUCSA T, 154 12 1 Cpp
ey = —
Py #thg gloL — pv) k;

The entire set of experimental data was analyzed to evaluate C,
and n. The contribution resulting from nucleate boiling was
evaluated by subtracting h,,, from h,,; in addition to deter-
mining values for C, and n, C, as defined in Eq. 2 was also exper-
imentally evaluated. The resulting constants are:

C, - 0.886
Cz =8.0 x 10_4
n=0.787

This value of C, agrees favorably with the value of 0.672
reported by Bays and McAdams. The value for C, is also similar
to that reported by Borishanskiy et al. (8.7 x 10™%), and n is
almost identical to the value reported by both Kadi (0.80) and
Chou (0.788).
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Summary of Correlation and Discussion
The correlation recommended for thin-film forced convective
shell-side boiling is:
th» = hconv + h—NUC
heony = heexp(—0.0867 + 8,0007,)

(This expression is obtained by combining Eq. 4a with the
empirical relationship between € and =,. For values of =, that
give values for the argument less than zero, the argument should
be set equal to zero.)

L osag [PAELEPCH\ (w14 (2601~ 1) S\
& nDr f? ™ B

Nupye = 8.0 x 107 Pef™ Kp®7,

or if terms are collected

_ 1.143
T — 2.89 x 10773 (é'f) - (

(L — p,) ¥ o212

) pr Coyr 3.695 (SAT. )3'695
Py hfg :

le.O P3.286
g )

(If a successful correlation is known for the specific system of
interest, Ayye can be directly evaluated from the empirical data.
However, it is important that these data be obtained under con-
stant wall-temperature conditions. If pool boiling experiments
are carred out with heated tubes, circumferential variations in
the heat transfer coefficient can cause variations in the wall
temperature. Since nucleate boiling coefficients are dependent
upon the local wall superheat, direct data reduction of the aver-
age heat transfer coefficient vs. average wall superheat can be
misleading.)

(APM)]/Z Ky
Ty = —

gL a
kL hmnv Xo
S = 1 —exp|—
ht‘onv Xo kL
1/2
X, - 0.041 [__gl_]
glp — pv)

The recommended correlation for the two-phase pressure
drop for in-line tubes is,

APM = APVTfD

where

| R

So

% (Reyn)"
P
can be obtained from Figure 5. (For staggered tubes, Diehl
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Figure 7. Experimental vs. calculated heat flux.

[1957] reports a slightly different relationship for the two-phase
enhancement of pressure drop.)

Pv anax
28

APyr = 4Afyr

where /1 is obtained from existing single-phase shell-side pres-
sure drop correlations such as those of Grimison (1937). All of
the above equations are dimensionally consistent.

In Figure 7, the experimental heat flux is plotted vs. the cal-
culated value using the experimental superheat. The heat flux
ranged over two orders of magnitude. The mean error is 9.5%
and the average error is 0.5%.

This correlation is based on data for down-flow of both liquid
and vapor. However, for down-flow liquid and up-flow vapor,
the liquid film would tend to be thicker due to vapor shear but
thinner due to entrainment because of the increased velocity dif-
ference between the down-flowing liquid and up-flowing vapor.
Since these effects would tend to counteract each other, this pro-
posed correlation may be reasonable for downward liquid flow
and upward vapor flow.
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Notation

Cp, = specific heat of liquid
Dy = external diameter of horizontal tube
Jo[ ] = functional relationship as determined by Diehl (1957)
Jfvr = friction factor, in Eq. 1
G = total mass flux, using S,
g = acceleration due to gravity
g. = constant required by Newton’s equation
B0y = portion of total heat transfer coefficient attributable to con-
vective boiling
hy, = latent heat of vaporization
h, = heat transfer coefficient for liquid flowing over tube under
_ conditions of zero vapor flow
_hpp = heat transfer coeflicient during pool boiling
hyue = portion of total heat transfer coefficient attributable to nu-
cleate boiling
hye = sum of Ay, and Ayye
K, = dimensionless grouping, Borishanskiy et al. (1963)
K, = two-phase head loss coefficient for flow past a row of tubes
k; = thermal conductivity of liquid
Nug = pool boiling Nusselt number, Borishanskiy et al. (1963)

1969



Nunyc = nucleate boiling Nusselt number for thin-film down-flow boil-
ing
P = absolute pressure
Pe = dimensionless grouping, Borishanskiy et al. (1963)
Pey = modified Pe for nucleate boling during thin-film down-flow
boiling
APy, = two-phase pressure drop per tube row
APyouy = vapor pressure drop per tube row calculated for vapor flux
AP,r = vapor pressure drop per tube row calculated using total mass
flux as vapor
Reyr = vapor Reynolds number using total mass as vapor, flowing
through minimum area and using tube diameter as character-
istic dimension
S = ratio of effective wall superheat to actual wall superheat dur-
ing convective boiling
§,, = minimum distance between neighboring tubes
AT, = wall superheat, wall temperature minus saturation tempera-
ture at local pressure
Vyrmex = vapor velocity using total mass as vapor, calculated using min-
imum flow area
Vymax = vapor velocity using minimum flow area
x = vapor quality, ratio of vapor mass flux to total mass flux
X, = bubble growth region, Bennett et al. (1980)

[

Greek letters

e, = no-slip void fraction, 1 — o, = 1/{[xp, /(1 — x)p,] + 1}
T = liquid mass flow rate per wetted length
8, = film thickness for liquid-only flow assuming steady state con-
duction
d.omy = film thickness for two-phase flow assuming stecady state con-
duction
e = apparent fraction of liquid entrained in vapor core
m, = dimensionless parameter, Eq. 5a
, = dimensionless parameter, Eq. 5b
p. = liquid density
py = vapor density

1970 December 1986 Vol. 32, No. 12

o = surface tension
#; = viscosity of liquid
py = viscosity of vapor
u, = viscosity of liquid at wall conditions

[
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